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The severe consequences of thermal runaways, make process optimization of paramount importance for free
radical polymerization reactors, in order to maximize in an integrated way their safety and productivity.
Generally, this optimization is performed by simulation, for the sake of safety and cost. Today, the literature
contains several models of free radical polymerization reactors in general; and methyl methacrylate (MMA)
polymerization reactors, in particular. Although, MMA polymerization is commonly performed in semi-batch
reactors at industrial level, most of the available models focus on batch reactors; while, the semi-batch
reactor models are much scarcer. In this work, a model of a MMA solution polymerization batch reactor was
modified in order to generalize it to semi-batch operation. The developed semi-batch model was used here for
studying the effect of different operation conditions (feeding flow rate, initiator load, monomer initial load, and
reactor temperature) on the quality characteristics of the produced polymer and on the safety and productivity of
the polymerization reactor. The developed model can be used to optimize the operation conditions of a semi-
batch reactor so that the final product quality meets the application requirements, while maintaining the

reactor within its safe-operation envelope, and maximizing its productivity.

1. Introduction

Polymethyl methacrylate (PMMA) is a polymer widely used nowa-
days to produce acrylic plastic (Li et al., 2022a). PMMA displays
excellent optical and mechanical properties: it has high strength,
dimensional stability and weathering resistance, as well as an
outstanding optical clarity (Zhan et al., 2022). Owing to its excellent
properties, PMMA is used today in a wide range of applications in which
its toughness, rigidity and transparency justify its price (Brydson, 1999;
Baxter and Yeh, 2012). The fields in which PMMA is being used nowa-
days include building materials (Sun et al., 2021), microfluidics (Guo
et al., 2020; Duan et al., 2020; Zhang et al., 2020; Ahn et al., 2020),
energy harvest (Ding et al., 2020) and storage (Zhao et al., 2021; Zhou
et al., 2020; Li et al. (2020a); Mao et al., 2022; Liu et al., 2022; Li et al.,
2022b; Bao et al., 2021), photonic crystals (Fan et al., 2022; Chen et al.,
2021; Li et al., 2021; Xie et al., 2021), solar cells and reactors (Wang
et al., 2021; Zhao et al., 2020), chemical and biological reactors (Li
et al., 2020a; Ren et al., 2020), biomedicine (Fu et al., 2020; Gao et al.,
2020), optical and electronic devices (Kwon and Myoung, 2020; Ma
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etal.,, 2021; Xu et al., 2021), and 3D printing (Li et al., 2020b), amongst
many others.

PMMA is produced by methyl methacrylate (MMA) polymerization,
predominantly by the free radical mechanism (Arora et al., 2010; Goseki
and Ishizone, 2014). Thermally initiated polymerization of MMA can be
performed homogeneously, by bulk or solution polymerization; or het-
erogeneously, by suspension or emulsion polymerization
(Serrano-Aroca and Deb, 2020). The polymerization method depends on
the application of the polymer (Stickler and Rhein, 1992). Bulk poly-
merization is the predominant method for producing high quality acrylic
glass, such as Plexiglas®. Solution polymerization is used in industry for
producing adhesives, paint resins, and additives. Suspension polymeri-
zation is used for producing PMMA beads, which can then be molded.
And finally, emulsion polymerization is used to produce paint resins,
paper coating agents and paper processing agents, textile binders, and
additives.

Free radical polymerizations are one of the most frequent causes of
thermal runaway events in the chemical industry (Nolan and Barton,
1987), mainly because of the high exothermicity of these polymerization
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reactions (up to 110 kJ-mol~! (Nolan and Barton, 1987)), and the
Trommsdorff-Norrish autoacceleration effect (Copelli et al., 2019;
Crowley and Choi, 1996; Gygax, 1988). In addition, undesired second-
ary reactions, such as chain transfer to monomer, backbiting and
propagation of tertiary radicals may occur, increasing the tendency to
thermal runaway (Bosch et al., 2004; Ampelli et al., 2006). If high
temperatures are reached during the runaway, cross-linking phenomena
are triggered (Copelli et al., 2011) and boiling may occur inside the
reactor (causing an overpressure), which can cause the irreparable loss
of the entire polymerization reactor body, and in some extreme cases,
explosions that can damage partially, or totally, the production plant.
Such thermal runaway events have been responsible for a large number
of accidents in chemical plants (Cassona et al., 2014; Casson et al., 2014;
Casson and Maschio, 2011; Moreno et al., 2016).

The severe consequences of thermal runaways, make process opti-
mization of paramount importance for free radical polymerization re-
actors, in order to maximize in an integrated way their safety and
productivity. Although this optimization process can be achieved
experimentally, it usually carries large safety issues and economic costs.
In this context, simulation emerges as a great tool for reactor operation
optimization without the drawbacks of the experimental optimization
strategy (safety and cost). However, in order to be able to achieve a
reliable optimization of the reactor operation, it is essential to develop
accurate models that capture all the complex physical phenomena that
take place in free radical polymerizations, such as gel, glass and cage
effects. In order to be useful for reactor operation optimization, a model
should be able to simulate the effect of the different operation param-
eters of the reactor: mainly the reactor load, the reactor temperature,
and the dosing strategy. As of today, several of such models can be found
in literature (Copelli et al., 2018), for instance for styrene emulsion
polymerization (Zubov et al., 2012; Pokorny et al., 2016) and for vinyl
acetate polymerization (Arora et al., 2005; Gil et al., 2016). In the case of
MMA polymerization, models have been proposed for bulk polymeri-
zation (Achilias and Kiparissides, 1992; Nising, 2006; Wu and Shan,
2006; Baillagou and Soong, 1985), for solution polymerization
(Baillagou and Soong, 1985; Louie et al., 1985; Crowley and Choi, 1997;
Ahnetal., 1998; Law et al., 2016), for suspension polymerization (Kalfas
and Ray, 1993; Kalfas et al., 1993; Shahrokhi and Fanaei, 2002), and for
emulsion polymerization (Rawlings and Ray, 1988; Gao and Penlidis,
2002). MMA polymerization is commonly performed in semi-batch re-
actors at industrial level (Ghosh et al., 1998), since this operation mode
allows a better temperature control, and therefore a safer operation
(Copelli et al., 2018). However, while a great number of the available
models focus on reactors operating in batch mode; the semi-batch
reactor models are much scarcer. Some works have proposed models
for semi-batch reactors for MMA bulk (Wu and Shan, 2006) and emul-
sion polymerization (Ibrahim et al., 2011), but MMA semi-batch solu-
tion polymerization has not yet been addressed.

In this panorama, the goal of this work is the development of a model
of a reactor operating in semi-batch mode for solution MMA polymeri-
zation. The developed model allows to predict the time evolution of
both, important quality characteristics of the produced polymer such as
the polymer’s average molecular weight (Prentice, 1983) and its
molar-mass dispersity (Sheu, 2001); and safety related parameters such
as the generated thermal power. The model was used here for studying
the effect of different operation conditions (feeding flow rate, initiator
load, monomer initial load, and reactor temperature) on the quality
characteristics of the produced PMMA and on the safety of the poly-
merization reactor. The obtained results can be used in order to optimize
the dosing strategy of the semi-batch reactor so that the product quality
is suitable, while maintaining the reactor within its safe-operation
envelope.
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2. Mathematical model
2.1. System description

In this work, a reactor operating in semi-batch mode for MMA so-
lution polymerization was considered (Fig. 1). The reactor operates in a
5-state cycle. Initially, the reactor is in its idle state. During the startup
step, the initiator load and an initial load of monomer are introduced in
the polymerization reactor. Note that all the initiator is added to the
reactor during the startup step, whereas only a fraction of the total
monomer load is added. Both, the initiator and the monomer are added
in solution with the solvent. As soon as the startup step is done, the
feeding step starts: during this step, the monomer is fed to the reactor at
a constant flow rate (i.e. as a solution of the monomer in the solvent),
until the whole monomer load is introduced in the reactor (i.e. end of
feeding). Once the end of feeding is reached, no more reactants are
introduced in the reactor, where the reaction continues to take place for
a given reaction time, after which the reactor is unloaded (i.e. unloading
step). Once the reactor comes back to the idle step, it is ready to start the
cycle again.

The considered polymerization reactor has a very good temperature
control system that ensure an isothermal operation of the reactor: the
temperature is considered constant (and equal to the selected reaction
temperature) throughout the whole cycle.

The control volume considered in this work is the reactant mixture.
For modelling purposes, here, this control volume is considered to be
divided in 2 “virtual compartments™: a reactant compartment and a non-
reactant compartment (that add up to the total control volume). The first
one contains all the monomer, the initiator, the live polymer chains (i.e.
growing chains) and the dead polymer chains; while, the second one
contains the solvent.

2.2. Reaction mechanism and rate equations

The reaction mechanism (Table 1) considered in this work for MMA
polymerization consists of the well-known 5-steps of free radical poly-
merization (Tefera et al., 1997): activation, initiation, propagation,
termination, and chain transfer. First, during the activation step (R1), an
initiator molecule (I) breaks spontaneously into two radicals (R*). Sec-
ond, during the initiation step (R2), the free radical reacts with a
monomer molecule (M) to generate a live polymer chain of length 1
(M3). Third, during the propagation step (R3), a live polymer chain of
length i (M) reacts with a monomer unit to generate a live polymer
chain of length i + 1. Forth, during the termination step (R4 and R5),
two live polymer chains react by combination (R4), forming a single
dead polymer chain (N;,;); or by disproportionation (R5), forming two
dead polymer chains. And finally, during the chain transfer step (R6 to
R9), a live polymer chain reacts with a monomer molecule (R6), with a
solvent molecule (R7), with an initiator molecule (R8), or with a dead
polymer chain (R9) to generate a single dead polymer chain and the
corresponding radical. Although all the reactions mentioned above are
known to occur in the case of MMA polymerization (Wu and Shan,
2006), only reactions R1 to R5 were taken into account in this work,
since the rates of reactions R6 to R9 are negligible in the case of MMA
polymerization (Chiu et al., 1983).

On the one side, the kinetic constants of the activation step (R1), kg;
and the initiation step (R2), k;, only depend on the temperature, and
were modelled with an Arrhenius model (Tefera et al., 1997):

—E,
kg = Ag-exp (R—;)

_E.
ki = Aj-exp (R'Il">

Where A denotes the pre-exponential factor, and E, the activation en-
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Fig. 1. Reactor operating in semi-batch mode for MMA solution polymerization. During the startup step, the initiator load and an initial load of monomer are
introduced in the polymerization reactor. After that, monomer is fed to the reactor at a constant flow rate (i.e. feeding step), until the whole monomer load is
introduced in the reactor (i.e. end of feeding). After this event, no more reactants are introduced in the reactor and the reaction continues in the reactor for a given
polymerization time, after which the reactor is unloaded. Once the reactor comes back to the idle step, it is ready to start the cycle again.

Table 1

Kinetic scheme of MMA polymerization. The different symbols denote: I, initi-
ator; R*, radical; M, monomer; M;, live polymer chain of length i; N;, dead
polymer chain of length i; S, solvent; and S*, solvent radical.

Id Reaction name Reaction

R1 Activation I K, 2R*

R2 Initiation R + MﬁM{

R3 Propagation M + M i M,

R4 Termination by combination M+ M ke Niij

R5 Termination by disproportionation M + M ka, N+ N
R6 Chain transfer to monomer M M i’l Ni + M
R7 Chain transfer to solvent M +S kﬁ} N; + §*
RS Chain transfer to initiator M+ IiNi ir
R9 Chain transfer to polymer M; + N ﬁ) N+ M
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ergy, of each one of the reactions.

On the other hand, the kinetic constants of the propagation step (R3),
kp; and the termination step (R4 and R5), k;, do not only depend on the
temperature and require a more complex model, due to the gel effect
that causes localized increases in viscosity of the polymerizing mixture
that slow the termination reactions (i.e. diffusion-controlled termina-
tion) (Achilias and Kiparissides, 1988).

In order to represent the gel effect, k, was modelled as a combination
of two terms, the intrinsic kinetic constant (i.e. before the onset of the
gel effect) and a diffusion related term (Chiu et al., 1983):

1 1 n [M*]
b K, (234
vk kop-exp (:j};iﬁ,)
The first term of the right-hand side of Eq. (3) corresponds with the
propagation kinetic constant before the onset of the gel effect. kg denotes

3

the propagation kinetic constant at 0 monomer conversion (i.e. intrinsic
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kinetic constant), that was modelled with an Arrhenius model (Law
et al., 2016):

kg = Ap-exp (R—b;’j> 4

The second term of the right-hand side of Eq. (3) captures the effect
of diffusion limitations on the propagation kinetic constant (after the
onset of the gel effect). [M*] represents the sum of the concentrations of
all the growing polymer chains (i.e. live polymers). Diffusion depends on
temperature, chain length (i.e. molecular weight) and the number of
polymer chains (i.e. conversion). kg, captures the effect of the two first
factors on the diffusion (Nising, 2006), and was modelled using an
Arrhenius model (Law et al., 2016):

—E
kop = Ap-exp (R—?) (5)

The term — M1 corresponds to the conversion-related diffusion
term, derived from the free volume (Haward, 1970) Fujita-Doolittle

theory (Fujita et al., 1960). ¢,, denotes the monomer fraction in the
reactant compartment (see Section 2.1) (Chiu et al., 1983):

_1-x
T 1l4ex

Dm (6)
Where x represents the monomer conversion, and e is the volume
expansion factor due to the fact that the polymer density (p,) is different
to the monomer one (p,,):
_Pm= P @)
Pp
Finally, a and f are temperature-dependent parameters (Chiu et al.,
1983). However, numerous empirical works have shown that g is
insensitive to temperature for many systems (Fujita et al., 1960), and
MMA polymerization is one of such systems (Chiu et al., 1983). Conse-
quently, p was considered constant in this work: = 0.03 (Baillagou and
Soong, 1985). The temperature dependance of @ was modelled as (Law
et al., 2016):

a:agpfar(Tngp)z (€))

Where Ty, is the glass transition temperature of PMMA, ag, is the value at
Ty of the a parameter of the Fujita-Doolittle equation, and ar is the
temperature dependency coefficient of the a parameter of the Fujita-
Doolittle equation.

A similar gel effect model was used for the kinetic constant of the
termination step (Chiu et al., 1983):
1_1 M
ke K (aag )

R ke (2

Where both, k? and kg, were modelled using an Arrhenius model (Law
et al., 2016):

9

—E
K = A-exp (ﬁ) (10)
—E
ke = [I]O-Agt~exp( R;) an

2.3. Mass balances

The total volume in the reactor can be divided in the volumes of the
reactant and non-reactant compartments (see Section 2.1):

Vi = Ve + Var (12)
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On the one side, the volume of the reactant compartment (V,), de-
creases as the reaction proceeds (Chiu et al., 1983):

V, = Vio-(1 +ex) 13)

Where Vo denotes the initial volume of the reactant compartment.
Deriving the above expression with respect to time:

dv;
dt

dx

=Qu(1+e€x) +€»V,o-a a14)
Where Q. is the input reacting volumetric flow rate (i.e. the input
volumetric flow rate excluding the solvent).

On the other side, the solvent molar balance yields:
dns
=2 _0.-Is 15
= Q. as)
Where ng denotes the solvent moles in the reactor, Q. is the input total
volumetric flow rate, and [S], represents the solvent concentration in the
input flow. The volume of the non-reactant compartment (V,,), can be
obtained from ng, the solvent molecular weight (PMs) and the solvent
density (pg):

nr — : (16)

Starting from the monomer’s molar balance, the following expres-
sion was obtained:

dx ‘M = er
@ st _X)'[ 2 M|+ Xy an

Where [M], denotes the monomer’s initial concentration in the reactant
compartment (calculated from the monomer’s initial load), and [M],
refers to the monomer’s concentration in the input stream.

The initiator molar balance establishes that:

di _ Qftl,
de v,

v,

kd ) [I] V. dt

18
Where [I], (= 0 mol-m~3, since initiator is not fed into the reactor during
the feeding stage) denotes the initiator concentration in the input
stream.

Finally, the live polymer molar balance yields:

dry, Ve (2 [0 — oy [V M)
de Ve (ke M- (M, ] — [M])

—ke[M;]- M) for i=1

ke M]M) for is1 0P

Where f denotes the initiator’s factor of efficiency.
2.4. Polymer size distribution and its moments

In this work, the statistic moments method was used: instead of
considering the whole polymer size distribution, the statistic moments
were used to represent the distribution. The k' statistic moment of the
live polymer size distribution (1) and of the dead polymer size distri-
bution (y;) are defined as:

k= iik [M;] (20)
i=1

Hie = Z i[N] @D
i=1

Combining the molar balances of the different species (see Section
2.3), the differential equations governing the time evolution of the oth,
the 1% and the 2™ statistic moment of the live polymer size distribution
were obtained:
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diy o AdV,

@& 2-f-kq-[T] = k¢-Ao TAT: (22)
dz 2 dv,

d—; = 2:f kg [[] + kyp-do-[M] —ky-dg-Ay — Vl i@ (23)
dz 1o AV,

do = 2 kel Ry [MJ-(2eda + o) — Kevdoda Vz i (24)

In this work, the initiator’s factor of efficiency was considered con-
stant, and therefore the proposed model only is valid for monomer
conversions under 95 %: for higher conversions, the model predicts an
endless increase of Ay, which does not represent the real behavior of the
system. This contradiction emerges from the assumption that the initi-
ator’s factor of efficiency is constant: for very low monomer concen-
trations (i.e. conversions above 95 %), the initiator’s factor of efficiency
is a function of the monomer conversion that tends to 0 as the monomer
conversion tends to 1 (Wu and Shan, 2006). However, for monomer
conversions below 95 % (i.e. the ones considered in this work), the
constant factor of efficiency hypothesis is valid.

As with the live polymer case, the differential equations governing
the time evolution of the Oth, the 1% and the 2" statistic moment of the
dead polymer size distribution were obtained:

duy _ 2 Mo dVr

Efkr/lo AT (25)
du, _ # dVe

du, _ Hy dVr

a - ke-Aa-A AT (27)

The number-average (M,) and weight-average (M,) molecular
weights of the polymer size distribution were obtained from the statistic
moments and the monomer’s molecular weight (PM,):

A+
= ——PM, 28
n AO +‘ﬂo M ( )
Ao + py
= -PM, 29
w ﬂl‘+’ﬂ1 M ( )

The molar-mass dispersity (PDI) was calculated using its [UPAC
definition (Stepto, 2009):

PDI:%
M,

n

(30)

2.5. Energy balance

The thermal power (¥) generated in the reactor was modelled as:

¥ = —AH, (ky M] + k.- [M] )-[M"]-V, (31)
Where AH, denotes the reaction heat. In the above energy generation
model only propagation and termination reactions were considered (i.e.
the heat generation of reactions R1 and R2 was neglected).

Applying an energy balance to the reactor:

d[Cp-Viee-p-T]

it =Cpe'Qep, + ¥ —UA-(T—T;)

(32)
Where Cp and Cp, denote the specific heat of the reactor’s content and
the inlet stream, respectively. In this work, the specific heats of the
reactor content and the inlet stream (i.e. mixtures of different com-
pounds) were calculated as the arithmetic weight fraction average of the
pure component values (Poling et al., 2001). Although this hypothesis
neglects any contribution due to the temperature variation of the
enthalpy of mixing, its predictions for heat capacities of liquid mixtures
are moderately accurate (Teja, 1983). p and p, denote the density of the
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reactor’s content and the inlet stream, respectively. T is the temperature
of the reactor, and T; is the temperature of the refrigerant in the
refrigeration jacket. U stands for the overall heat transfer coefficient and
A is the heat exchange surface.

And finally, applying an energy balance to the refrigeration jacket:

df; _ Qy,
e Vv

T-T,
(hjnf'vy'pnj

(Trer — T;) + UA- (33)

Where Qs denotes the refrigerant volumetric flow rate, V; is the volume
of the refrigeration jacket, T, is the temperature of the refrigerant that
enters the jacket, and Cpy, and p,,, are the specific heat and the density
of the refrigerant.

2.6. Model implementation

In this work, the model described in the previous sections was
implemented in LabVIEW® 2021, using the Control Design and Simu-
lation Module that provides tools to simulate dynamic systems in Lab-
VIEW®. All the simulations performed in this work were carried out
using a Runge-Kutta 4 fixed-step-size ODE solver, with a 0.1 second step
size. Table 2 contains the values of the model parameters used in this
work.

Table 2

Model parameter values used in this work.
Parameter Value Units Reference
Activation step activation 128.77 kJ-mol ! (Baillagou and

Soong, 1985)
(Baillagou and
Soong, 1985)

energy (Eq)
Activation step pre-exponential
factor (Aq)

1.0533-10° 57!

Constant coefficient of the 0.03 - (Chiu et al.,
Fujita-Doolittle equation () 1983)
Expansion factor (e) —0.257 - (Chiu et al.,
1983)
Glass temperature (Tg) 387.2 K (Baillagou and
Soong, 1985)
Initiation step activation energy 18.283 kJ-mol ! (Baillagou and
(Ep) Soong, 1985)
Initiation step pre-exponential 491.67 m3-mol 1571 (Baillagou and
factor (A;) Soong, 1985)
Initiator efficiency factor (f) 0.58 - (Tobolsky and
Baysal, 1953)
Parameter « of the Fujita- 0.168 - (Chiu et al.,
Doolittle equation at glass 1983)
temperature (ag)
Propagation step activation 18.283 kJ-mol ! (Baillagou and
energy (Ep) Soong, 1985)
Propagation step gel and glass 117.00 kJ-mol ™! (Baillagou and

effect activation energy (Eg)

Propagation step gel and glass
effect pre-exponential factor
(Agp)

Soong, 1985)
(Baillagou and
Soong, 1985)

3.0233.10"% 57!

Propagation step pre- 491.67 m3mol 1.s!  (Baillagou and
exponential factor (Ap) Soong, 1985)
Reaction enthalpy (AH,) —57.8 kJ-mol ! (Suzuki et al.,
2018)
Temperature dependency 8.21.107° K2 (Chiu et al.,
coefficient of parameter a of 1983)
the Fujita-Doolittle equation
(ar)
Termination step activation 2.944 kJ-mol ™! (Baillagou and
energy (E;) Soong, 1985)
Termination step gel and glass 145.84 kJ-mol ™! (Baillagou and

effect activation energy (Eg)
Termination step gel and glass
effect pre-exponential factor
(Aor)
Termination step pre-
exponential factor (A;)

Soong, 1985)
(Baillagou and
Soong, 1985)

1.4540-10%° 57!

9.8000-10* (Baillagou and

Soong, 1985)
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3. Results and Discussion
3.1. Batch mode operation

In a first step, the proposed model was validated against experi-
mental data and a literature batch-mode model. In order to perform this
validation, the system was simulated operating in batch mode (i.e.
monomer initial load = monomer total load, monomer flow rate
0 kg-hr 1), at 70°C and initially loaded with 300.00 kg (67.78 wt% of
the initial load) of monomer (methyl methacrylate, MMA), 141.75 kg
(32.06 wt% of the initial load) of solvent (benzene) and 0.86 kg (0.19 wt
% of the initial load) of initiator (benzoyl peroxide, BPO). Fig. 2 com-
pares the simulation results obtained using the model presented in this
work, with the simulation results obtained using the batch-mode model
proposed by Chiu and coworkers (Chiu et al., 1983), and with the
experimental results obtained by Marten and Hamielec (Marten and
Hamielec, 1979).

The simulated time evolution of the monomer conversion (Fig. 2.a)
displays an increasing sigmoid shape: initially, the monomer conversion
increases linearly with time, and then suddenly, the conversion’s in-
crease rate accelerates dramatically (i.e. autoacceleration phenome-
non), to finally plateau towards the full conversion of the monomer load.
The predictions of this work’s model match perfectly the experimental
data, and the predictions of Chiu’s batch-mode model (Chiu et al.,
1983).

Regarding the evolution of the average molecular weights with the
monomer conversion (Fig. 2.b), the model simulation predicts an in-
crease of the average molecular weights with the conversion, at low
conversions; followed by a decrease at high conversions. The simulation
results of this work’s model, which reproduce very closely the simula-
tion results of Chiu’s model (Chiu et al., 1983), are in good agreement
with the experimental data, especially for the number-average molec-
ular weight.

Both, the propagation and the termination, kinetic constants
decrease with the conversion (Fig. 2.c), on account of the increase of the
viscosity of the reaction medium as the conversion increases (i.e. as large
polymer molecules are produced). On the one hand, the termination
kinetic constant starts decreasing at relatively low conversions (i.e.
around 30 %), since at these conversion values the viscosity of the me-
dium has already increased enough to hinder the mobility of large
molecules (i.e. live and dead polymers), but not enough to affect the
mobility of small molecules (i.e. monomers). On the other hand, the
propagation kinetic constant remains unchanged until much higher
conversions (i.e. around 70 %), after which it starts decreasing as well.
At these higher conversions, the viscosity of the medium has increased
enough to also hinder the mobility of small molecules. The kinetic
constant values predicted by the model presented here, match very
closely the predictions of Chiu’s model (Chiu et al., 1983).

3.2. Semi-batch mode operation

3.2.1. Reactor dynamics

In a second step, the proposed model was used to study the one-by-
one effect of four operation conditions (the input flow rate, the initia-
tor’s initial load, the temperature, and the monomer initial load) on the
dynamics of the system (i.e. time evolution of the conversion, the
number-average molecular weight, the thermal power, and the molar-
mass dispersity).

3.2.1.1. Input flow rate effect. The system was simulated operating in
semi-batch mode at 70°C, initially loaded with 75.0 kg (67.02 wt% of
the initial load) of monomer (MMA), 35.4 kg (31.64 wt% of the initial
load) of solvent (benzene) and 1.5 kg (1.34 wt% of the initial load) of
initiator (BPO). During the feeding phase, the feed stream, containing
monomer (600.0 kg~m’3) and solvent (276.4 kg-m’s), was fed at a
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constant flow rate, until a total mass (including the initial load) of
300.00 kg of monomer was added to the reactor. The system was
simulated for five different flow rates (50, 100, 150, 200 and
250 L-hr™1).

The monomer conversion increases monotonically with time (Fig. 3.
a): after a first fast increase, an inflection point is reached, after which
the conversion change rate increases even further, due to the gel effect
(autoacceleration phenomenon). After the autoacceleration raise, the
conversion change slows down, nearly plateauing; until the end of the
feeding phase (i.e. when all the monomer has been introduced into the
reactor), when the conversion displays a first order dynamic, tending
asymptotically to full conversion (i.e. to 1.0). The feed flow rate has no
effect on the first quick increase, and only has a little effect on the
autoacceleration raise: the autoacceleration raise starts before (i.e. in-
flection point at lower times) and plateaus at higher conversion values,
for lower feed flow rates. Moreover, the slope change at the inflection
point is higher for higher flow rates. These trends are due to the dilution
effect of the monomer flow rate: for higher monomer feed flow rates, the
dilution of the reaction mixture is higher, which has two effects. On the
one hand, a higher dilution leads to lower initiator concentrations,
which reduces in turn the initiation reaction rate (i.e. fewer new poly-
mer chains are produced). On the other hand, higher dilutions avoid the
viscosity increase for longer times, which delays the onset of the
autoacceleration phenomenon (i.e. inflection point at higher times). But
once the autoacceleration starts, the monomer inventory in the reactor is
higher, which results in a higher acceleration of the reaction (i.e. larger
slope change at the inflection point). The monomer flow rate also affects
the first-order-like final conversion increase: for higher monomer flow
rates, the first-order behavior starts at lower times and displays a faster
response (i.e. lower time constant). As stated previously, the final first
order behavior appears when all the monomer has been introduced in
the reactor, on account of the fading of the dilution effect (when no more
monomer is fed into the reactor). Since the total and the initial monomer
loads are the same in all the considered simulations, a higher monomer
flow rate results in a shorter feeding phase; which explains why the first-
order-like behavior appears before (i.e. at lower times) for higher
monomer flow rates. The monomer inventory in the reactor at the end of
the feeding phase is higher for higher feeding flow rates, which explains
why the final first order behavior is faster for higher flow rates.

The number-average molecular weight initially increases with time,
until the autoacceleration raise, when it reaches a maximum value, and
starts decreasing with time (Fig. 3.b). Before the autoacceleration onset,
the viscosity of the mixture is low, so the propagation reactions can take
place with no hindering: the polymers grow, and therefore the average
molecular weight increases with time. Once the viscosity starts
increasing (during the autoacceleration raise), it starts hindering the
movement of the big polymer chains, favoring the growth of the shorter
chains to the detriment of the longer ones, which results in the decrease
of the average molecular weight. When all the monomer has been
introduced into the reactor (i.e. end of the feeding phase), the rate of
decrease of the average molecular weight increases. The monomer flow
rate has a significant effect on the time evolution of the average mo-
lecular weight: at higher flow rates the average molecular weight peak is
higher (i.e. higher maximum average molecular weight) and is attained
at longer times (i.e. peak displaced towards larger times). Higher flow
rates lead to lower initiation reaction rates (see above), and therefore,
when working at higher flow rates the number of new live polymers is
lower, which favors the growth of existing live chains to the detriment of
the formation of new ones. Moreover, higher flow rates delay the onset
of the gel effect (Fig. 3.a), and therefore, the inhibition of the propa-
gation step is also delayed. Consequently, for higher flow rates, the
polymer chains can grow more before the viscosity increase hinders the
propagation process, leading to larger maximum average molecular
weights (i.e. higher peak). Furthermore, since the average molecular
weight peaks when the gel effect becomes significant, a delay in its onset
causes the average weight peak to appear after (i.e. peak displaced
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Fig. 2. Simulation of the polymerization reactor operated in batch mode at 70°C, initially loaded with 300.00 kg of monomer (methyl methacrylate, MMA),
141.75 kg of solvent (benzene) and 0.86 kg of initiator (benzoyl peroxide, BPO). (a) Time evolution of the monomer conversion. (b) Average molecular weights (M,:
number-average; My: weight-average) as a function of the monomer conversion. (c) Rate constants (k,: propagation; k,: termination) as a function of the monomer
conversion. The continuous lines represent the simulation results obtained with the model developed in this work; the dotted lines, the simulation results obtained by
Ehiu and coworkers (Chiu et al., 1983); and the dots, the experimental points obtained by Marten and Hamielec (Marten and Hamielec, 1979).
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Fig. 3. Effect of the feeding flow rate on the time evolution of (a) the monomer conversion, (b) the number-average molecular weight, (c) the generated thermal
power, and (d) the molar-mass dispersity. The reactor was simulated operating in semi-batch mode at 70°C, initially loaded with 75.0 kg of monomer (methyl
methacrylate, MMA), 35.4 kg of solvent (benzene) and 1.5 kg of initiator (benzoyl peroxide, BPO). During the feeding phase, the feed stream, containing monomer
(600.0 kg-m’3) and solvent (276.4 kg-m’S), was fed at a constant flow rate (50, 100, 150, 200 and 250 L-hr’l), until a total mass (including the initial load) of

300.00 kg of monomer was added to the reactor.

towards larger times).

The molar-mass dispersity initially remains constant with time, until
the autoacceleration raise, when it increases suddenly to reach a
maximum after which it starts decreasing with time (Fig. 3.d). Before the
onset of the gel effect, the propagation step is not hindered, and there-
fore the growth of the polymer chains is independent of their size: all the
polymer chains grow at approximately the same rate, and therefore the
width of the polymer size distribution does not change with time (i.e.
constant molar-mass dispersity). On the contrary, once the viscosity
increases and starts hindering the movement of the long polymer chains,
the chain growth rate starts depending on the size of the chain, which
leads to a polymer size distribution which width increases over time (i.e.
increasing molar-mass dispersity). After the autoacceleration raise, the
initiator’s concentration in the reactor is low, which favors the propa-
gation step to the detriment of the initiation step. Consequently, the rate
of production of new polymers is neglectable after the autoacceleration
raise, and nearly all the monomer is consumed to elongate already
existing chains. Moreover, the growth of smaller chains is faster than the
growth of larger ones, due to the mobility hindrance of the large
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polymers because of the increase in the viscosity. The combination of
these two phenomena causes a narrowing of the polymer size distribu-
tion (i.e. a decrease of the molar-mass dispersity). When all the mono-
mer has been introduced into the reactor (i.e. end of the feeding phase),
the molar-mass dispersity starts increasing again. After stopping the
monomer feed, the monomer concentration in the reactor starts
decreasing, and additionally, the viscosity of the mixture is so high that
even the monomer’s movement is hindered (glass effect). These effects
result in a widening of the polymer size distribution (i.e. an increase of
the molar-mass dispersity). The monomer flow rate has a significant
effect on the time evolution of the molar-mass dispersity: higher flow
rates lead to higher dispersity peaks that are attained after (i.e. at longer
times). As stated previously, the dispersity’s peak is associated with the
gel effect onset: higher flow rates delay the onset of the gel effect (Fig. 3.
a), which explains why the dispersity’s peak is delayed for higher
monomer flow rates. Furthermore, the autoacceleration phenomenon is
more intense for higher flow rates, leading to higher dispersity peaks.
Finally, the final increase in dispersity starts sooner (i.e. lower times) as
the flow rate increases, since this final increase occurs at the end of the
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feeding phase (which becomes shorter as the flow rate is increased).
Regarding the generated thermal power (i.e. the thermal power
removed by the refrigeration system to maintain the reactor’s iso-
thermality), it initially remains constant with time, until the autoac-
celeration raise, when a generation peak is observed, after which the
thermal power generation plateaus (Fig. 3.c). When all the monomer has
been introduced into the reactor (i.e. end of the feeding phase), the
generated thermal power fades out with a first-order-like response. The
generation peak is generated by the autoacceleration itself: during the
autoacceleration raise, the reaction rates increase sharply, leading to a
sharp increase in the heat generated by the reactions. As soon as the
autoacceleration raise is over, the reaction rates decrease as fast as they
increased during the raise, causing the thermal power to decrease
quickly as well. After the power peak, the constant feed of monomer to
the reactor, maintains the reaction rates in a nearly constant residual
level, which result in the (non-zero) power plateau. However, at the end
of the feeding phase, the monomer starts depleting as no more monomer
is added to the reactor. The monomer depletion leads to reaction fade
off, resulting in the first-order-like final decrease of the generated
thermal power (until it becomes 0). The monomer flow rate has a sig-
nificant effect on the time evolution of the generated thermal power. On
the one hand, higher flow rates lead to higher generated power peaks (i.
e. higher maximum generated thermal power), which happen later (i.e.
at larger times). Both trends are explained by the effect of the monomer
flow rate on the autoacceleration onset (see before). On the other hand,
the residual generated power after the peak is higher as the monomer
flow rate increases. Higher monomer flow rates maintain higher
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monomer concentration in the reactor after the acceleration rise, which
result in higher residual reaction rates, and therefore in higher gener-
ated thermal powers.

3.2.1.2. Initiator’s initial load effect. The system was simulated oper-
ating in semi-batch mode at 70°C, initially loaded with 75.0 kg
(67.62 wt%, 67.32 wt%, 67.02 wt%, 66.73 wt%, and 66.43 wt% of the
initial load, for the different initiator initial loads) of monomer (MMA),
35.4 kg (31.92 wt%, 31.78 wt%, 31.64 wt%, 31.49 wt%, and 31.35 wt
% of the initial load, for the different initiator initial loads) of solvent
(benzene) and an initial load of initiator (BPO). During the feeding
phase, the feed stream, containing monomer (600.0 kg-m~>) and solvent
(276.4 kg-m’g), was fed at a constant flow rate of 150 L~hr’1, until a
total mass (including the initial load) of 300.00 kg of monomer was
added to the reactor. The system was simulated for five different initi-
ator initial loads 0.5 kg (0.45 wt% of the initial load), 1.0 kg (0.90 wt%
of the initial load), 1.5 kg (1.34 wt% of the initial load), 2.0 kg (1.78 wt
% of the initial load) and 2.5 kg (2.21 wt% of the initial load).

The initiator load has a significant effect on the autoacceleration
raise of the time evolution of the monomer conversion (i.e. first part of
the curve of Fig. 4.a). On the contrary, it does not have any effect neither
on the conversion value of the plateau after the raise (i.e. the conversion
reached after the autoacceleration raise is the same for all the initiator
loads), nor on the first-order-like final conversion increase (Fig. 4.a). The
initial slope of the conversion curve is lower for lower initiator loads; but
at the inflection point, the slope change is higher. Moreover, the
autoacceleration raise starts after (i.e. inflection point at higher times)
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Fig. 4. Effect of the initiator load on the time evolution of (a) the monomer conversion, (b) the number-average molecular weight, (c) the generated thermal power,
and (d) the molar-mass dispersity. The reactor was simulated operating in semi-batch mode at 70°C, initially loaded with 75.0 kg of monomer (methyl methacrylate,
MMA), 35.4 kg of solvent (benzene) and the load (0.5, 1.0, 1.5, 2.0 and 2.5 kg) of initiator (benzoyl peroxide, BPO). During the feeding phase, the feed stream,

containing monomer (600.0 kg-m’B) and solvent (276.4 kg~m’3), was fed at a constant flow rate of 150 L-hr

300.00 kg of monomer was added to the reactor.

~1 until a total mass (including the initial load) of
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for lower initiator loads. Lower initiator loads (with the same monomer
and solvent initial load, and the same feed flow rate) result in lower
initiator concentrations in the reaction mixture. Lower initiator con-
centrations lead to lower initiation reaction rates, and therefore to lower
inventories of live chains (i.e. fewer new chains are produced per unit
time). In turn, lower inventories of growing polymers limit all the sub-
sequent reactions, limiting the monomer consumption and resulting in a
lower initial slope of the time evolution of the conversion. However, a
lower monomer consumption leads to higher monomer inventories,
since the monomer input is constant (i.e. same monomer initial load,
and same feed flow rate). Consequently, a lower initiator load causes a
higher monomer inventory at the moment of the autoacceleration onset,
which results in a higher acceleration of the reaction (i.e. larger slope
change at the inflection point). The initiator load has no effect on the last
part of the conversion curve since this part of the curve is associated with
the fading of the dilution effect when the monomer feed is stopped at the
end of the feeding phase (see Section 3.2.1.1.), and the initiator load has
no effect on it.

The time evolution of the number-average molecular weight is
strongly affected by the initiator initial load (Fig. 4.b): lower loads lead
to higher average molecular weight peaks (i.e. higher maximum average
molecular weights) that are reached at longer times (i.e. peak displaced
towards larger times). As explained before, lower initiator loads lead to
lower inventories of growing polymers, which favors the growth of
existing live chains to the detriment of the formation of new ones,
resulting in a size distribution with a higher average molecular weight.
Since the average weight peak is associated with the autoacceleration
raise, its displacement towards later times when lower initiator loads are
used, is due to the later onset of the autoacceleration (see above).

Lower initiator loads displace the molar-mass dispersity peak to-
wards later times, and increase the peak height (Fig. 4.d). Since the
dispersity’s peak is associated with the autoacceleration onset (see
Section 3.2.1.1.), the effect of the initiator load on the peak is explained
by the effect of the initiator load on the autoacceleration raise (Fig. 4.a).

Finally, the initiator load also has a significant effect on the thermal
power generation (Fig. 4.c). Firstly, the initial power plateau (before the
peak) is displaced towards lower power values for lower initiator loads.
This trend arises from the fact that lower initiator loads lead to lower
reaction rates before the autoacceleration raise (lower initial slopes in
Fig. 4.a), and consequently lower thermal power generation. Secondly,
the generation peak is higher and happens at later times for lower
initiator loads. The thermal power generation peak is generated by the
autoacceleration raise, which occurs at later times for lower initiator
loads (Fig. 4.a). As explained previously, a lower initiator load results in
a more severe reaction acceleration during the autoacceleration raise,
which in turn generates a higher generation peak. Lastly, the residual
generation plateau (i.e. after the generation peak) and the final first-
order-like power fading are unaffected by the initiator load. As
explained in Section 3.2.1.1., the final features of the time evolution
curves of the generated power are mainly associated to the monomer
concentration in the reactor after the autoacceleration raise. The initi-
ator load has no effect on the latter concentration, and therefore, it does
not change the residual power generation and the final generation
fading.

3.2.1.3. Temperature effect. The system was simulated operating in
semi-batch mode at a constant temperature, initially loaded with
75.0 kg (67.02 wt% of the initial load) of monomer (MMA), 35.4 kg
(31.64 wt% of the initial load) of solvent (benzene) and 1.5 kg (1.34 wt
% of the initial load) of initiator (BPO). During the feeding phase, the
feed stream, containing monomer (600.0 kg~m’3) and solvent
(276.4 kg-m’g), was fed at a constant flow rate of 150 L-hr ™1, until a
total mass (including the initial load) of 300.00 kg of monomer was
added to the reactor. The system was simulated for five different oper-
ation temperatures (60°C, 65°C, 70°C, 75°C, and 80°C).
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The reactor temperature has a strong effect on the reactor dynamics
(i.e. time evolution of the monomer conversion). Firstly, the initial slope
of the conversion curve is lower for lower temperatures (Fig. 5.a). Sec-
ondly, at lower temperatures the autoacceleration raise starts after (i.e.
inflection point at higher times), and the acceleration is less dramatic (i.
e. lower increase of the slope at the inflection point). Furthermore, after
the acceleration raise, the conversion plateaus at lower conversion
values for lower reactor temperatures (Fig. 5.a). Lastly, the first-order-
like final conversion increase starts at the same time for all the tem-
peratures, and displays approximately the same time constant. Higher
reactor temperatures accelerate all the reactions (Arrhenius-like kinetic
constant increase) and the transport of the different compounds. For a
given reactor initial composition and monomer feeding rate, the in-
crease in the temperature results in an increase of the reaction rates,
which in turn lead to faster monomer conversion (i.e. higher initial slope
of the conversion curve), and a more severe autoacceleration raise (i.e.
higher increase of the slope at the inflection point, and a higher con-
version plateau after the raise).

The reactor temperature also has an important effect on the time
evolution of the number-average molecular weight (Fig. 5.b): lower
reactor temperatures lead to higher average molecular weight peaks (i.e.
higher maximum average molecular weights) that are reached at longer
times (i.e. peak displaced towards larger times) and are wider. More-
over, the number-average molecular weight decreases more after the
peak for lower temperatures. For instance, at 60°C, the maximum
number-average molecular weight is around 345 kg-mol ™! and, at the
end of the polymerization, the average molecular weight is around
250 kg~mol’1 (~28 % decrease); whereas at 80°C, the maximum
number-average molecular weight is around 50 kg-mol ! and, at the end
of the polymerization, the average molecular weight is around
45 kg-mol ™! (~10 % decrease). Since the average weight peak is asso-
ciated with the autoacceleration raise, its displacement towards later
times at lower temperatures, is due to the later onset of the autoaccel-
eration at these temperatures (see above). In the 60°C to 80°C temper-
ature range, the increase of the termination kinetic constant with
temperature is significantly higher than the increase of the propagation
kinetic constant. Consequently, at lower reactor temperatures (in the
60°C to 80°C range), the propagation-termination ratio is higher, which
leads to longer polymers (i.e. higher average molecular weights) since a
given chain has more probability to grow than to terminate. The
number-average molecular weight decrease after the peak is related to
the viscosity increase of the gel effect (see Section 3.2.1.1.). Since lower
temperatures lead to longer polymer chains, the increase in viscosity is
higher at lower reactor temperatures, and therefore, the gel effect is
more severe at these temperatures. The effect of the temperature on the
severity of the gel effect explains why for lower temperatures, the
number-average molecular weight decreases more after the peak.

The temperature has a strong effect on the time evolution curves of
the molar-mass dispersity (Fig. 5.d). The shape of the curves for 60°C,
65°C, and 70°C, is the one described in Section 3.2.1.1.; whereas, the
initial part of the curves for 75°C and 80°C is significantly different:
instead of an initial constant dispersity (until the autoacceleration peak),
at these temperatures, the dispersity decreases initially. Moreover, the
initial molar-mass dispersity is 2.0 for 60°C, 65°C, and 70°C; and is
substantially higher for 75°C and 80°C (2.9 and 5.4, respectively). A
molar-mass dispersity value of 2 is consistent with an exclusive termi-
nation by disproportionation (reaction R5) (Marien et al., 2021). At
higher temperatures, the initiation and activation reactions are over
boosted, which generates a wider initial size distribution (i.e. higher
initial molar-mass dispersities). Lower temperatures make the
molar-mass dispersity peak to happen at later times, and with greater
increases at the peak (i.e. larger difference between the dispersity peak
value and the value before the onset of the autoacceleration). These
trends arise from the effect of the temperature on the reaction rates:
lower temperatures decrease the reaction rates, which lead to a longer
autoacceleration raise (Fig. 5.a). The dispersity increase during longer
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Fig. 5. Effect of the reactor temperature on the time evolution of (a) the monomer conversion, (b) the number-average molecular weight, (c) the generated thermal
power, and (d) the molar-mass dispersity. The reactor was simulated operating in semi-batch mode at constant temperature (60°C, 65°C, 70°C, 75°C, and 80°C),
initially loaded with 75.0 kg of monomer (methyl methacrylate, MMA), 35.4 kg of solvent (benzene) and 1.5 kg of initiator (benzoyl peroxide, BPO). During the
feeding phase, the feed stream, containing monomer (600.0 kg-m %) and solvent (276.4 kg-m~>), was fed at a constant flow rate of 150 L-hr~!, until a total mass

(including the initial load) of 300.00 kg of monomer was added to the reactor.

autoacceleration raises is higher, which explains why the dispersity in-
crease at the peak is larger at lower temperatures.

Finally, the thermal power generation is also significantly affected by
the reactor temperature (Fig. 5.c). For 60°C, 65°C, and 70°C, the thermal
power generation curve presents the same shape described in Section
3.2.1.1. However, for 75°C and 80°C, the initial part of the curve is
different: instead of starting with a power plateau, the generated power
is initially negligible and ramps up exponentially until it plateaus, before
the generation peak. Firstly, the initial power plateau (before the peak)
is displaced towards lower power values for lower temperatures. This
trend arises from the fact that lower temperatures lead to lower reaction
rates before the autoacceleration raise (lower initial slopes in Fig. 5.a),
and consequently lower thermal power generation. Secondly, the gen-
eration peak is lower, wider, and happens at later times for lower tem-
peratures. The thermal power generation peak is generated by the
autoacceleration raise, which occurs at later times for lower tempera-
tures (Fig. 5.a). Moreover, lower temperatures decrease the reaction
rates, which causes that the acceleration raise is less severe and lasts
longer times (i.e. the slope of the conversion curve after the inflection
point is lower, and the time from the onset of the autoacceleration until
the conversion plateau is longer). The combination of both factors leads
to a lower and wider power generation peak. Lastly, the residual gen-
eration plateau (i.e. after the generation peak) and the final first-order-
like power fading are unaffected by the temperature.

3.2.1.4. Monomer initial load effect. The system was simulated oper-
ating in semi-batch mode at 70°C, initially loaded with an initial load of

monomer (MMA) and solvent (benzene), and 1.5 kg (1.68 wt%, 0.85 wt
%, 0.57 wt%, 0.43 wt%, and 0.34 wt% of the initial load, for the
different monomer initial loads) of initiator (BPO). During the feeding
phase, the feed stream, containing monomer (600.0 kg~m’3) and solvent
(276.4 kg-m’g), was fed at a constant flow rate of 150 L~hr’1, until a
total mass (including the initial load) of 300.00 kg of monomer was
added to the reactor. The system was simulated for five different
monomer initial loads (20, 40, 60, 80 and 100 % of the total load).
The monomer initial load changes substantially the conversion curve
(Fig. 6.a). The initial slope of the conversion curve is higher for lower
monomer initial loads; but at the inflection point, the slope change is
lower. Moreover, the autoacceleration raise starts before (i.e. inflection
point at lower times) for lower monomer initial loads. Lower monomer
initial loads (with the same initiator initial load, and the same feed flow
rate) result in higher initiator concentrations in the reaction mixture,
which explain the trends observed in the initial part of the conversion
curves with the initial monomer load (see Section 3.2.1.2.). The
monomer initial load also has a slight effect on the conversion plateau
after the autoacceleration raise (Fig. 6.a): for lower monomer initial
loads, the conversion plateaus at slightly lower conversions. Finally, the
first-order-like final conversion increase starts later for lower monomer
initial loads. This feature is associated with the moment when all the
monomer has been introduced in the reactor (see Section 3.2.1.1.). Since
the total monomer load and the feed rates are the same in all the
considered simulations, a lower monomer initial load results in a longer
feeding phase; which explains why the first-order-like behavior appears
later (i.e. at higher times) for lower monomer initial loads. The limit

240



F. Saez-Pardo et al.

0.8

0.6 |

0.4

Conversion

0.2

0.0 I I I I I I I

150 200 250
Time (min)

150

Thermal power (kW)

100

20
50

150 200 250
Time (min)

300 350

400

Chemical Engineering Research and Design 210 (2024) 230-246

)

kg
mol

Average weight in number (M,) (

0 . . . . . . .
50 100 150 200 250 300 350

Time (min)

400

0 . . . . . . .
100 150 200 250 300 350

Time (min)

400

Fig. 6. Effect of the monomer initial load on the time evolution of (a) the monomer conversion, (b) the number-average molecular weight, (c) the generated thermal
power, and (d) the molar-mass dispersity. The reactor was simulated operating in semi-batch mode at 70°C, initially loaded with an initial load (20, 40, 60, 80 and
100 % of the total load) of monomer (methyl methacrylate, MMA) and solvent (benzene), and 1.5 kg of initiator (benzoyl peroxide, BPO). During the feeding phase,

the feed stream, containing monomer (600.0 kg-m~>) and solvent (276.4 kg-m~3), was fed at a constant flow rate of 150 L-hr*

initial load) of 300.00 kg of monomer was added to the reactor.

case, 100 % monomer initial load (i.e. operation in batch mode), does
not present the intermediate conversion plateau: after the autoacceler-
ation raise, the conversion tends directly asymptotically to full
conversion.

The monomer initial load also has a strong effect on the number-
average molecular weight curve (Fig. 6.b): lower monomer initial
loads lead to lower average molecular weight peaks (i.e. lower
maximum average molecular weights) that are reached before (i.e. peak
displaced towards lower times). Since the average weight peak is asso-
ciated with the autoacceleration raise, its displacement towards later
times when higher initiator loads are used, is due to the later onset of the
autoacceleration for higher monomer initial loads (Fig. 6.a). As stated
before, lower monomer initial loads result in higher initiator concen-
trations in the reaction mixture, which explains why lower monomer
initial loads lead to lower maximum average molecular weight (see
Section 3.2.1.2.).

For monomer initial loads between 20 % and 80 %, higher values
move the molar-mass dispersity peak towards later times, and increase
the peak height (Fig. 6.d). This is consistent with the fact that higher
monomer initial loads lead to lower initiator concentrations in the re-
action mixture (see Section 3.2.1.2.). However, the 100 % curve (i.e.
operation in batch mode) breaks the trend, displaying an intermediate
dispersity peak at an intermediate time (i.e. between the 40 % and 60 %
peaks). This singularity is due to the fact that when the reactor is
operated in batch mode there is no feed stream, and therefore, no
dilution effect (see Section 3.2.1.1.).

Finally, the thermal power generation curve changes significantly
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, until a total mass (including the

with the monomer initial load (Fig. 6.c). Firstly, the initial power
plateau (before the peak) is displaced towards lower power values for
lower monomer initial loads. Secondly, for monomer initial loads be-
tween 20 % and 80 %, the generation peak is higher and happens at later
times for higher monomer initial loads. Higher monomer initial loads
translate in lower initiator concentrations. As discussed in Section
3.2.1.2., lower initiator concentrations result in a more severe reaction
acceleration during the autoacceleration raise, which in turn generates a
higher generation peak. As in the dispersity case, the 100 % curve also
breaks the trend of power generation, since the generation peak happens
at times between the 40 % and 60 % generation peaks. This exception is
due to the lack of dilution effect when the reactor is operated in batch
mode. Lastly, the residual generation plateau (i.e. after the generation
peak) is not affected by the monomer initial load, whereas the final first-
order-like power fading is. The final first-order-like power fading starts
at later times for lower monomer initial loads. Since the total monomer
load and the feed rates are the same in all the considered simulations, a
lower monomer initial load results in a longer feeding phase; which
explains why the first-order-like behavior appears later (i.e. at higher
times) for lower monomer initial loads.

3.2.2. Final product characteristics, and reactor safety and productivity
Finally, in a third step, the proposed model was used to study the
combined effect of three operation conditions (the input flow rate, the
initiator’s initial load, and the reactor temperature) on the final product
characteristics (i.e. final number-average molecular weight and final
molar-mass dispersity), and the reactor safety (i.e. maximum generated
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thermal power) and productivity (i.e. polymerization time). The system
was simulated operating in semi-batch mode at a constant temperature,
initially loaded with 75.0 kg (66.14 wt%-67.63 wt% of the initial load,
depending on the initial initiator load) of monomer (MMA), 35.4 kg
(31.22 wt%-31.92 wt% of the initial load, depending on the initial
initiator load) of solvent (benzene) and an initial load of initiator (BPO).
During the feeding phase, the feed stream, containing monomer
(600.0 kg-m’3) and solvent (276.4 kg-m’s), was fed at a constant flow
rate, until a total mass (including the initial load) of 300.00 kg of
monomer was added to the reactor. Figs. 7, 8 and 9 present the effect of
the initiator load and the feed flow rate on the final number-average
molecular weight (subfigures a), the final molar-mass dispersity (sub-
figures b), the maximum generated thermal power (subfigures c), and
the polymerization time (subfigures d), at 3 different reactor tempera-
tures (Fig. 7: 60°C, Fig. 8: 70°C, and Fig. 9: 80°C).

For a specific reactor temperature, operating the reactor at a larger
feed flow rate produces a polymer with a higher final number-average
molecular weight; while using a larger initiator load produces a poly-
mer with a lower one (Fig. 7.a, 8.a and 9.a). These trends are consistent
with the results discussed in Section 3.2.1.1. and 3.2.1.2., respectively.
Furthermore, for a certain feed flow rate and initiator load, operating
the reactor at higher temperatures produces a polymer with a lower final
number-average molecular weight (comparison between Fig. 7.a, 8.a
and 9.a), which is consistent with the discussion presented in Section
3.2.1.3.

For a given reactor temperature and feed flow rate, operating the
reactor with a larger initiator load produces a product with lower molar-
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mass dispersity (Fig. 7.b, 8.b and 9.b), which is consistent with the
discussion presented in Section 3.2.1.2. For a particular reactor tem-
perature and initiator load, the effect of the feed flow rate on the final
product’s dispersity is not monotonous: for low flow rates, an increase of
the flow leads to a decrease of the final dispersity; whereas for high flow
rates, an increase of the flow leads to an increase of the final dispersity.
These two trends generate a minimum dispersity at the turning point.
The position of this minimum depends on the initiator load and the
temperature. For some combinations of temperature and initiator load,
the minimum is outside of the considered operation space, and therefore
the effect of the feed flow rate is monotonous (as in Section 3.2.1.1.).
Two opposing effects of the feed flow rate on the dispersity explain the
observed behavior. On the one hand, an increase of the feed flow causes
a decrease of the initiator concentration in the reactor, which lowers the
dispersity. On the other hand, an increase of the feed flow causes a
longer autoacceleration raise, which raises the dispersity. The balance
between these two opposing effects generates the observed trends: for
low feed flow rates, the first effect dominates; whereas, for high feed
flow rates, the second one dominates. Furthermore, for a specific feed
flow rate and initiator load, operating the reactor at higher temperatures
produces a polymer with a lower final molar-mass dispersity (compar-
ison between Fig. 7.b, 8.b and 9.b), which is consistent with the dis-
cussion presented in Section 3.2.1.3.

For a given reactor temperature, operating the reactor at a larger
feed flow rate leads to a larger maximum generated thermal power;
while using a larger initiator load results in a lower maximum generated
thermal power (Fig. 7.c, 8.c and 9.c). The effect of the feed flow rate on
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Fig. 7. Effect of the initiator load and the monomer flow rate on (a) the final number-average molecular weight, expressed in kg-mol~!; (b) the molar-mass dis-
persity; (c) the maximum generated thermal power, expressed in kW; and (d) the polymerization time (time to reach a monomer conversion of 90 %), expressed in hr.
The reactor was simulated operating in semi-batch mode at 60°C, initially loaded with 75.0 kg of monomer (methyl methacrylate, MMA), 35.4 kg of solvent
(benzene) and the initiator (benzoyl peroxide, BPO) load. During the feeding phase, the feed stream, containing monomer (600.0 kg~m‘3) and solvent
(285.5 kg-m~3), was fed at a constant flow rate, until a total mass (including the initial load) of 300.00 kg of monomer was added to the reactor.
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Fig. 8. Effect of the initiator load and the monomer flow rate on (a) the final number-average molecular weight, expressed in kg~m01’1; (b) the molar-mass dis-
persity; (c) the maximum generated thermal power, expressed in kW; and (d) the polymerization time (time to reach a monomer conversion of 90 %), expressed in hr.
The reactor was simulated operating in semi-batch mode at 70°C, initially loaded with 75.0 kg of monomer (methyl methacrylate, MMA), 35.4 kg of solvent
(benzene) and the initiator (benzoyl peroxide, BPO) load. During the feeding phase, the feed stream, containing monomer (600.0 kg~m’3) and solvent
(285.5 kg-m~3), was fed at a constant flow rate, until a total mass (including the initial load) of 300.00 kg of monomer was added to the reactor.

the maximum generated thermal power is substantially higher than the
initiator load’s one. These trends are consistent with the results dis-
cussed in Section 3.2.1.1. and 3.2.1.2., respectively. Furthermore, for a
particular feed flow rate and initiator load, operating the reactor at
higher temperatures generates a higher maximum thermal power peak
(comparison between Fig. 7.c, 8.c and 9.c), which is consistent with the
discussion presented in Section 3.2.1.3.

The polymerization time was defined in this work as the time
required to achieve a 90 % global conversion, and was used as a proxy
for reactor productivity. For high temperatures (i.e. 80°C), the initiator
load has no effect on the polymerization time, so at these temperatures,
the reactor productivity only depends on the feed flow rate (Fig. 9.d):
higher flow rates result in higher reactor productivities (i.e. lower
polymerization times). On the contrary, for lower temperatures, the
initiator load does have an effect on the polymerization time (Fig. 7.
d and 8.d). For these temperatures, two different trends appear
depending on the feed flow rate value. For high feed flow rates, an in-
crease of the initiator load results in a lower polymerization time. For
these high feed flow rates, the flow rate has little effect on the poly-
merization time, and the productivity depends nearly entirely on the
initiator load. For low feed flow rates, the initiator load has no effect on
the polymerization time, and the reactor productivity only depends on
the feed flow rate (as at high temperatures). The feed flow rate that
limits both regions moves towards higher values when the temperature
increases (comparison between Fig. 7.d, 8.d and 9.d). For instance, at
60°C, the flow threshold is of about 125 L-hr! (Fig. 7.d); for 70°C, it is
around 275 L-hr ! (Fig. 8.d); and for 80°C, it is above 300 L-hr! (Fig. 9.
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d), since the bifurcation is outside of the considered operation space. In
operation conditions in which the limiting factor is the monomer feeding
(i.e. low flow rates and high temperatures), the polymerization time
only depends on the feed flow and does not depend on the initiator load.
In these conditions, the reactor productivity can be set by adjusting the
monomer feed flow. On the contrary, in operation conditions in which
the limiting factor is the reaction (i.e. high flow rates and low temper-
atures), the polymerization time depends strongly on the initiator load
and only slightly on the monomer feed flow rate.

4. Conclusions

In this work, a model of a MMA solution polymerization reactor
operating in semi-batch mode was developed. The model allows to
simulate the time-evolution of the monomer conversion, quality char-
acteristics of the produced polymer such as the polymer’s average mo-
lecular weight and its molar-mass dispersity, and safety related
parameters such as the generated thermal power. Although the devel-
oped model considers a reactor operating in semi-batch mode, it can also
be used for simulating reactors operating in batch mode. The simulation
results of a batch reactor with the developed model are consistent with
experimental data and with other batch reactor models available in
literature.

The developed model was used to study the effect of different
operation conditions (feeding flow rate, initiator load, monomer initial
load, and reactor temperature) on the dynamical curves of the reactor (i.
e. time evolution of the monomer conversion, the average molecular
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Fig. 9. Effect of the initiator load and the monomer flow rate on (a) the final number-average molecular weight, expressed in kg~m01’1; (b) the molar-mass dis-
persity; (c) the maximum generated thermal power, expressed in kW; and (d) the polymerization time (time to reach a monomer conversion of 90 %), expressed in hr.
The reactor was simulated operating in semi-batch mode at 80°C, initially loaded with 75.0 kg of monomer (methyl methacrylate, MMA), 35.4 kg of solvent
(benzene) and the initiator (benzoyl peroxide, BPO) load. During the feeding phase, the feed stream, containing monomer (600.0 kg~m’3) and solvent
(285.5 kg-m~3), was fed at a constant flow rate, until a total mass (including the initial load) of 300.00 kg of monomer was added to the reactor.

weight, the dispersity and the generated thermal power) when operated
in semi-batch mode. Subsequently, the developped model was used to
study the combined effect of three operation conditions (the input flow
rate, the initiator’s initial load, and the reactor temperature) on the final
product characteristics (i.e. final number-average molecular weight and
final molar-mass dispersity), and the reactor safety (i.e. maximum
generated thermal power) and productivity (i.e. polymerization time).
All the obtained results are consistent with the real behaviour of MMA
solution polimerization reactors. Thus, this model can be used to opti-
mize the operation conditions of the semi-batch reactor so that the final
product quality meets the application requirements, while maintaining
the reactor within its safe-operation envelope, and maximizing its
productivity.
Nomenclature

Roman symbols

A Exchange area of the refrigeration system (m?)

Cp; Mass heat capacity of stream j (JK 1.g™1)

E4 Activation energy of the activation step (J-mol})

E; Activation energy of the initiation step (J-mol™)

E, Activation energy of the propagation step (J-mol™*)

Egp Activation energy of the gel and glass effect on the propagation step (J-mol 1)
E; Activation energy of the termination step (J-mol™)

Ep Activation energy of the gel and glass effect on the termination step (J-mol )
f Initiator efficiency factor

I Initiator

kq Kinetic constant of the activation step (s 1)

ki Kinetic constant of the initiation step m3>mol 1s™)

(continued on next column)

(continued)

ky
ky
kep
ke
kl
ko
M
MYI
MW
My
Ni
nx
PMx
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Kinetic constant of the propagation step (m*-mol~!-s71)
Kinetic constant of the propagation step at cero conversion (m®mol 1571

Kinetic constant of the gel and glass effect on the propagation step (s~1)
Kinetic constant of the termination step (m®mol~'.s™1)

Kinetic constant of the termination step at cero conversion (m>mol !s™1)
Kinetic constant of the gel and glass effect on the termination step (s ™)
Monomer

Number-average molecular weight (g-mol™})

Weight-average molecular weight (g-mol ")

Growing polymer of length i

Dead polymer of length i

Amount of substance of species X (mol)

Molecular weight of species X (g-mol ™)

Volumetric flow rate (m®s™1)

Monomer input volumetric flow rate (m®.s™1)

Monomer input volumetric flow rate, excluding the solvent m3s ™
Universal gas constant (J-mol1.K™1)

Solvent

Temperature (K)

Glass temperature (K)

Time (s)

Overall heat transfer coefficient (J-s~*-K~1-m~2)

Volume (m®)

Non-reacting volume (m3)

Reacting volume m>)

Initial reacting volume (m%)

Total volume, including both the reacting and the non-reacting volumes (m%)
Monomer conversion

Molar concentration of species X (mol-m %)

(continued on next page)
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(continued)
Greek symbols
a Temperature dependent coefficient of the Fujita-Doolittle equation
ag Parameter a at glass temperature
ar Temperature dependency coefficient of parameter a (K~2)
p Constant coefficient of the Fujita-Doolittle equation
AH, Polymerization reaction enthalpy (J-mol~!)
€ Expansion factor
Aq Pre-exponential factor of the activation step (s™)
A Pre-exponential factor of the initiation step m>mol 1s7)
Ap Pre-exponential factor of the propagation step (m®mol~1s71)
Agp Pre-exponential factor of the gel and glass effect on the propagation step (s 1)
Ae Pre-exponential factor of the termination step (m>-mol s 1)
Ao Pre-exponential factor of the gel and glass effect on the termination step (s )
e k™ statistic moment of the length distribution of the growing polymers
™ k' statistic moment of the length distribution of the dead polymers
Px Density of species X (g~m’3)
Pm Monomer fraction in the reacting volume
b Generated thermal power (J ~s’1)
Subscripts
e Input
m Monomer
P Polymer
0 Initial
Superscripts
* Activated
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